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A B S T R A C T   

Biogas upgrading via biomethanation of renewable H2 and the CO2 in biogas poses a potential key technology in 
the decarbonized energy system. This study uses a methanogenic trickle-bed reactor for upgrading raw biogas 
from an industrial anaerobic digester to natural gas-grade biomethane through ex situ biomethanation. The 
carrier material comprises a critical design parameter for trickle-bed reactors by supporting the catalytic 
methanogenic biofilm and thereby the interfacial area for H2 mass transfer. The present study applied an abiotic 
mass transfer-based screening of six different carrier types to identify a candidate material that can facilitate 
efficient H2 mass transfer in a biomethanation trickle-bed reactor. The screening included gas-liquid mass 
transfer experiments in an air-water system in addition to characterizations of the carriers’ surface area, dynamic 
liquid hold-up volumes, and external porosities. The abiotic experiments showed that the gas-liquid mass transfer 
coefficient is highly influenced by material type and cannot be predicted solely from differences in the carriers’ 
surface area. The abiotic characterizations led to the selection of crushed clay particles, whose application in 
biomethanation-based upgrading of raw biogas from an industrial anaerobic digester was examined. The clay 
particles facilitated an apparent volumetric mass transfer coefficient for H2 of 10 min− 1, enabling CH4 production 
rates up to 6.1 L ⋅ L− 1 ⋅ d− 1 and more than 99 % H2 conversion over 30 days of continuous operation, where after 
accumulation of metabolic water in the packed bed impaired H2 mass transfer. Apart from the adverse effect of 
water accumulation, there was no indication that the maximum H2 mass transfer rate was reached, demon-
strating the selected carrier material’s industrial potential for biomethanation-based biogas upgrading.   

1. Introduction 

The valorization of organic waste material into energy-rich biogas 
and an organic agricultural fertilizer makes anaerobic digestion an 
important part of the circular bioeconomy needed to decarbonize society. 
The biogas consists of 50–70 % CH4, with the remaining fraction being 
CO2 and trace impurities [1]. Biogas has conventionally been used for 
heat and power production but is increasingly upgraded to biomethane of 
natural gas quality by separating CH4 from the other constituents, which 
are subsequently discarded [2]. The upgrading of biogas to biomethane 
broadens its application to essentially all energy sectors because it can 
directly substitute fossil natural gas used in vast amounts for transport, 
heating, and electricity generation [3]. Power-to-CH4 comprises a new 
class of biogas upgrading technologies, where the calorific value of 
biogas is increased to that of biomethane by converting the biogas’ CO2 

content to additional CH4 [4]. Power-to-CH4 hence differs from classical 
biogas upgrading technologies by using the biogenic CO2 in biogas as a 
resource in coherence with the establishment of a circular bioeconomy 
[5]. Power-to-CH4 further supports the energy sector coupling needed in 
a fossil-independent energy system, as the required reducing equivalents 
for converting CO2 to CH4 (eq. 1) can be supplied in the form of H2 
produced from renewable electricity-powered water electrolysis [6]. 

4 H2 + CO2 → CH4 + 2H2O (1) 

Power-to-CH4 covers the whole process chain from electricity to 
CH4, consisting of two individual processes, electrolysis, and metha-
nation. This paper focuses on developing biological methanation 
(biomethanation) for biogas upgrading using hydrogenotrophic 
methanogenic archaea to drive the methanation reaction (eq. 1). Bio-
logical methanation is at a lower technology readiness level compared 

Abbreviations: KLa, Volumetric mass transfer coefficient; KLaapp, Apparent volumetric mass transfer coefficient. 
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to metal-catalyzed chemical methanation; however, it can become a 
cheaper methanation technology due to higher robustness to feed gas 
impurities and milder process conditions [7]. 

Several lab-scale studies have shown the ability to produce biogas 
with a CH4 content above 95 % by adding H2 directly to a biogas reactor 
[8–10]. The process is known as in situ biomethanation and exploits that 
methanogens inherently produce CH4 from organic-derived H2 and CO2 
in conventional biogas production. However, full-scale in situ bio-
methanation still focuses on developing H2 injection technologies to 
overcome the H2 gas-liquid mass transfer limitation that currently 
constrains the technology’s commercial potential to partial biogas 
upgrading [11,12]. The current ability to only partially upgrade biogas 
in situ creates a need for downstream ex situ methanation to make the 
biogas reach a CH4 concentration that complies with biomethane qual-
ity. The potential of producing biomethane via biological ex situ 
methanation has been demonstrated in several studies, but most of these 
have used synthetic CO2 sources based on pure lab-grade gases [13–17]. 
Only a few studies have investigated biological methanation of CO2 as 
part of raw biogas from an anaerobic digester [18,19]. The use of 
non-industrial CO2 sources comes at the risk of operating under artificial 
conditions compared to an industrial setting, where the CO2 is of varying 
purity. Strübing et al. [14], for example, added sulfide due to sulfur 
deficiency during biomethanation of pure CO2 in a trickle-bed bio-
methanation reactor but hypothesized that the biological sulfur re-
quirements might be covered by the inherent supply of H2S when using 
raw biogas as the CO2 source. 

Long-term ex situ biomethanation of biogas is restricted to one study 
of a mesophilic trickle-bed reactor, where biogas from a pilot-scale 
sugar-fermenting anaerobic digester was converted to a gas containing 
97 % CH4 at a rate of 1.6 L CH4 ⋅ L− 1 ⋅ d− 1 [19]. A commercial matura-
tion of biomethanation-based biogas upgrading requires further studies 
with industrial biogas. The present study is the first to examine the 
application of trickle-bed reactors as a scaffold for upgrading raw biogas 
from a full-scale anaerobic digester through continuous ex situ bio-
methanation. The biofilm-based trickle-bed reactors are able to facilitate 
the formation of a product gas with biomethane quality [14,16,19,20]. 
We have previously pointed out the need of optimizing the contact be-
tween the methanogenic biofilm and H2 to increase the volume-specific 
CH4 production rate in trickle-bed reactors [21]. To this end, the 
selected carrier material is of significant importance because it provides 
the support for methanogenic growth and hence the interfacial area for 
H2 mass transfer. The aim of study was to characterize different carrier 
materials and apply the material exhibiting the highest degree of mass 
transfer potential for biomethanation of CO2 in raw biogas from an in-
dustrial biogas plant. Carrier selection was based on the characterization 
of six different carrier material types with respect to the volumetric 
gas-liquid mass transfer coefficients (KLa) for O2 in an abiotic air-water 
model system in addition to the materials’ total surface area, liquid 
hold-up, and external porosity. O2 was selected as a surrogate compound 
for H2 in the abiotic mass transfer experiments since both molecules 
have low liquid partitioning coefficients. The gas-liquid mass transfer 
rate of both molecules is hence limited by the gaseous diffusion rate in 
the liquid film adjacent to the gas-liquid interface at common opera-
tional conditions of biological reactors [22]. It was hypothesized that 
the carrier material selected from the abiotic characterizations would 
facilitate efficient H2 gas-liquid mass transfer to yield natural gas-grade 
biomethane during biogas biomethanation. 

2. Materials and methods 

2.1. Selection of carrier material 

The selection of carrier material for the biological biogas upgrading 
experiments was based on the characterization of mass transfer-related 
properties of six commercial carrier materials. The materials were: 
Munters cellulose filter CELdel 7060-15 (Munters, Denmark), Hiflow 

ring 15− 7 polypropylene (RVT Process Equipment, USA), Hel-X bio-
carrier HXF12KLL (Christian Stöhr GmbH &Co.KG, Germany), and three 
types of expanded clay aggregate materials being spherical clay particles 
with size range 10–16 mm (Leca, Denmark), crushed clay particles with 
size range 3.15–8 mm (Leca, Denmark), and Filtralite AIR AC with size 
range 3.15–8 mm (Leca, Denmark). Among these, only the Munters 
cellulose filter was a structured packing type. The carriers were chosen 
due to their previous use in a range of bioprocesses, including bio-
methanation (Hel-X: [14,21]; Clay material: [23,24]; HiFlow ring 15− 7 
[19]:). The Munters filters have been used for biological removal of 
odorous compounds from stables [25]. 

2.1.1. Physical carrier characterization 
The physical characterization concerned the volume-specific surface 

area (m2 ⋅ m− 3), liquid hold-up (vol.%), and the external porosity (vol. 
%). The volume-specific surface areas of Munters cellulose filter, HiFlow 
PP rings, and Hel-X biocarriers were listed by the manufacturers. The 
specific surface areas of the three types of clay aggregated materials 
were estimated from Eq. (2), where the particle shape is assumed 
ellipsoidal in line with the work of Andreasen et al. [26]. 

a = ρb⋅

∑30
1

(
4⋅π⋅((d1.6

1,i ⋅d1.6
2,i )+(d1.6

1,i ⋅d1.6
3,i )+(d1.6

2,i ⋅d1.6
3,i ))

3

)1/1.6

Mtot
(2) 

a (m2 ⋅ m− 3) is the specific surface area, ρb is the bulk density of the 
carriers (kg ⋅ m− 3), d1,i, d2,i and d3,i (m) are three perpendicular di-
ameters of the ith particle. The diameters were measured for 30 random 
particles for each type of aggregated clay carrier material. Mtot (kg) is the 
total mass of all 30 particles. The bulk density was determined based on 
2 L carrier material. 

The liquid hold-up is defined as the volumetric water binding capacity 
of the carrier material. The liquid hold-up was experimentally deter-
mined for all carrier materials in a 10 L glass reactor (Fig. 1A) with 
similar dimensions as the reactor used in the biological methanation 
experiments (Fig. 1B; section 2.2). The liquid hold-up was determined in 
the reactor to characterize it under process conditions similar to those 
used in the biological experiment, where the carriers are wetted through 
irrigation with a nutrient medium. Seven liters of carrier material were 
added to the reactor before water was continuously irrigated over the 
packed bed for 6 min at a rate of 0.46 L ⋅ min− 1. The liquid irrigation rate 
was similar to the trickling rate used in the biological experiment (section 
2.2.1). The irrigation rate was chosen based on a visual assessment of the 
rate needed to obtain homogenous carrier wetting. The total liquid vol-
ume used for carrier irrigation corresponded to two times the liquid hold- 
up volume for the crushed clay particles, which had the highest liquid 
hold-up of the tested carrier materials. The methanogens only need an 
occasional supply of nutrients through carrier irrigation during bio-
methanation, so irrigation was applied intermittently in the biological 
experiment. The liquid hold-up was consequently determined 1, 10, and 
30 min after the trickling was stopped by making a water mass balance 
based on the drained volume of water at the respective time points. 

The external porosity (εex, eq. (3)) was determined for each of the six 
carrier materials in a wetted state by measuring the volume of air (Vair) 
that was displaced by water in a 2.5 L beaker (Vbeaker) containing pre- 
soaked carriers. The external porosity was determined for carriers 
with a water content corresponding to their liquid hold-up volume 
measured 10 min after irrigation. Dry carriers were initially packed 
randomly in the beaker before being saturated with water. The water 
was subsequently drained from the carriers by placing a flat sieve on top 
of the beaker and turning it upside down for 10 min. The external 
porosity was determined by measuring the volume of water that could 
again be added to the beaker. 

εex = Vwater / Vbeaker (3)  
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2.1.2. Abiotic gas-liquid mass transfer capacity 
The volumetric mass transfer coefficient (KLa) was determined for 

the six carrier materials at different gas and liquid flow rates in an air- 
water model system (Fig. 1A). The method used to determine KLa was 
adopted from the literature [27]. KLa was determined by monitoring the 
concentration of dissolved O2 in the irrigation liquid, which was 
continuously recirculated over a bed of 7.9 L carrier material while air 
was flowing in countercurrent mode (Fig. 1A). The irrigation liquid was 
deoxygenated with N2 prior to experiments. The dissolved O2 concen-
tration was monitored in the 1.35 L liquid reservoir below the reactor 
using a Luminescent Dissolved Oxygen (LDO) sensor (Hach Lange 
Denmark). The carriers were pre-wetted prior to the deoxygenation to 
avoid absorption of the irrigation liquid in the carrier materials char-
acterized by high liquid hold-ups (especially clay-based materials). 
Excess water was drained from the reactor for 10 min after the 
pre-wetting. Additional water was added to the system to fill the liquid 
reservoir and tubings to enable a continuous flow of irrigation liquid 
over the packed bed. To this end, 2.40 L was added to the three 
clay-based Leca materials, while 2.10 L was added to the Munters filter, 
Hel-X biocarriers, and HiFlow rings. The need to add extra water to the 
clay-based materials reflects the considerably higher liquid hold-up 
volumes of these materials. 

The irrigation liquid was deoxygenated by recirculating it continu-
ously over the packed bed while supplying N2 (Air Liquide Denmark) in 
countercurrent mode. The irrigation liquid was recirculated through a top- 
mounted Ø 1.0 mm cone spray nozzle using a peristaltic pump (WT3000- 
1JA Micro Gear; Longerpump, China). The gas flow rate was controlled by 
a manual control valve and a digital mass flow meter (model D-6340, 
Bronkhorst High-Tech B.V., Holland). The gas was switched from N2 to 
atmospheric air after the concentration of dissolved O2 in the liquid 
reservoir had remained at a constant low value (≤ 0.5 mg O2 ⋅ L− 1) for at 
least five minutes. The KLa was evaluated based on experiments with 
different irrigation and gas flow rates, ranging 0.12–1.04 L ⋅ min− 1 and 
0.30–10.0 L air ⋅ min− 1 (43.2–1440 L ⋅ L− 1 ⋅ d− 1), respectively. The corre-
sponding superficial liquid and gas velocities were 1.0–8.0 m ⋅ h− 1 and 
2.3–76.4 m ⋅ h− 1, respectively. Liquid flow rates were chosen based on 
visual assessment of carrier wetting, where flow rates in the range of 0.46 
– 0.67 L ⋅ min− 1 created a liquid cone with a circumference similar to the 

reactor’s. The selected gas flow rates were based on previous gas-phase 
packed bed biomethanation reactor-types where inlet gas flow rates up 
to ~150–200 L ⋅ L− 1 ⋅ d− 1 have been reported [28,29]. These rates corre-
spond with superficial gas velocities of 6.6–8.8 m ⋅ h− 1 in our reactor 
setup. 

KLa values were estimated based on the two-film theory [22] by 
fitting equation (4) to the measured profiles of dissolved O2 in the liquid 
reservoir. 

Cl = C*
l +

(
C*

l − C0
)
⋅( − exp( − KLa⋅t)) (4) 

Where Cl is the measured value of dissolved O2 at time t, Cl* is the 
equilibrium concentration of dissolved O2 in the liquid reservoir, C0 is 
the concentration of dissolved O2 at time zero, and KLa is the volumetric 
mass transfer coefficient. KLa was modeled based on experimental data 
of dissolved O2 ranging 25 % - 100 % of the saturation solubility for 
atmospheric O2, which is within the maximum 30 % truncation of dis-
solved O2 profiles recommended in literature for reliable KLa estimation 
[30]. The truncation of data removed the initial lag period, which varied 
depending on carrier types (i.e., carrier characteristics) and irrigation 
rate. Fig. 2 shows an example of dissolved O2 profiles from aeration 
experiments with the Hel-X biocarriers at different gas velocities, with 
the data being fitted to Eq. (4). 

The experimental setup constrained the maximum attainable KLa 
(KLamax), whose upper limit was restricted by the liquid flow rate. KLamax 
was approximated from the liquid dilution rate in the liquid reservoir, 
assuming liquid flow rates in and out to be similar and constant ac-
cording to the specific irrigation rate. KLamax values were calculated 
using theoretical datasets for the dissolved O2 profile at the different 
experimental irrigation rates in the following manner: The dissolved O2 
dataset was acquired by assuming that the irrigation liquid became fully 
saturated with dissolved O2 upon its contact with atmospheric air in the 
trickle-bed reactor. This means that the water flowing into the 1.35 L 
reservoir was in equilibrium with atmospheric O2 (8.7 mg O2 ⋅ L− 1 for 
atmospheric O2 according to the Henry’s law constant for O2 at 20 ◦C). 
The liquid reservoir was assumed ideally mixed, enabling calculation of 
the theoretical dissolved O2 profile by integrating the non-steady O2 
mass balance for the system (eq. (5)): 

Fig. 1. Experimental setups for the abiotic gas-liquid mass transfer experiments (A) and the biomethanation-based biogas upgrading experiment (B). P: Pressure 
sensors. T: Temperature sensor. TC: Temperature Control. 
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dC
/

dt = (F / Vres)⋅
(
C*

l − Cl
)

(5)  

Where dC / dt is the O2 concentration change with time in the liquid 
reservoir, F is the constant volumetric flow rate going in and out of the 
liquid reservoir, i.e., the experimental irrigation rate, Vres is the liquid 
volume of the reservoir (1.35 L), Cl* the concentration of dissolved O2 in 
the inlet liquid (8.7 mg ⋅ L− 1), and Cl is the dissolved O2 concentration in 
the liquid reservoir at time t. The theoretical dataset obtained from this 
approach was used to estimate KLamax at all experimental irrigation rates 
using eq. (4). 

The relative mass transfer coefficient (ηkLa) is reported for the exper-
imental aeration experiments:  

ηkLa = KLa / KLamax                                                                         (6) 

Where KLa and KLamax are the experimental and the theoretical maximum 
attainable volumetric mass transfer coefficients, respectively. 

2.2. Biogas upgrading in the trickle-bed reactor 

2.2.1. Experimental design 
The biological biogas upgrading was performed in a trickle-bed 

reactor, which consisted of a 1.05 m high stainless steel column 
(custom-built by Landia A/S, Denmark) with an inner diameter of 0.1 m 
similar to that used in the abiotic gas-liquid mass transfer experiments 
(Fig. 1B). The volume of the column was 8.3 L, while the total reactor 
volume was 10 L. Based on the results of the abiotic carrier character-
izations, the reactor column was filled with 8.3 L of crushed expanded 
clay particles (“Crushed clay”, Table 2) (Leca, Denmark). Pressure sen-
sors (31IS, GEMS sensors & Controls, USA) were installed with 80 cm 
spacing to monitor changes in pressure profiles over the packed bed. The 
reactor was operated at 38 ◦C. The reactor was heated by a 10 W ⋅ m− 1 

trace heating cable (RS Pro Denmark), which was on/off regulated based 
on input from a PT100 temperature sensor (Correge, France) placed in 
the middle of the column. 

The inlet gas flow consisted of raw biogas supplied by a multichannel 
peristaltic pump (LabV1-II Shenchen, China) as well as H2 and N2 from 
gas cylinders (Air Liquide Denmark). H2 and N2 flows were controlled by 
mass flow controllers (model SLA5850, Brooks Instrument, USA). The 
raw biogas was supplied as a side stream of a 1200 m3 thermophilic 
manure-based anaerobic digester (Foulum, Denmark). The biogas con-
sisted of 56 ± 2 % CH4, 44 ± 2 % CO2, and 1300 ± 100 ppm H2S. Inert N2 
was continuously supplied as part of the inlet gas stream in a concen-
tration of approximately 7 % to enable calculation of the total outlet 
flow rate based on the N2 mass balance (Table 1). However, the initial 
period of operation revealed that the total outlet flow rate was more 
accurately measured using a water displacement method. A 1000 mL 
graduated cylinder was filled with acidified water (pH ≈ 3) and turned 
upside-down in a bucket containing the same acid solution. The outlet 
flow rate was determined by introducing the outlet gas stream into the 
upside-down cylinder and noting the volume of displaced liquid per time 
unit. The water was acidified to minimize the absorption of unconverted 
CO2 in the liquid. The reported product gas flow rates in this study are 
based on flow measurements using water displacement. The inlet gas 
flow rate was calculated from analyses of the inlet gas composition and 
the known inlet flow of H2 as controlled by the mass flow controller. 
Reported CH4 production rates do not include the CH4 supplied with the 
inlet gas. 

The N2 flow was maintained throughout the experiment and effec-
tively reduced the concentration of the other gaseous components in the 
product gas. The measured CH4 content was adjusted according to its N2 
content (eq. (7)) to enable comparison of the product gas quality with 
other studies.  

xCH4 = xCH4,measured / (1- xN2)                                                            (7) 

Where xCH4 and xCH4,measured represent the corrected and measured 
concentration of CH4 in the product gas, respectively, and xN2 is the 
concentration of N2 in the product gas. 

2.2.2. Reactor inoculation 
The reactor was irrigated with water to wash out small particles and 

dust from the clay carriers. The reactor was drained for two days before 
inoculation with digestate sourced from a manure-based mesophilic 
biogas plant (Maabjerg Bioenergy, Denmark). The digestate had been 
incubated at 40 ◦C for three weeks prior to inoculation in order to reduce 
the content of degradable organic material. The digestate was filtered 
through a 250 μm filter prior to inoculation and was characterized by a 
total solid (TS) content of 2.1 %, volatile solid (VS) content of 0.9 %, 
NH4

+ concentration 3.8 g ⋅ L− 1, and pH 8.08. The total VFA concentration 
was 18.2 mg ⋅ L− 1, of which the concentration of acetic acid was 9.4 
mg ⋅ L− 1. The reactor was flushed with N2 to ensure anoxic conditions 
before adding 2.5 L of digestate through the irrigation system. Biogas, 
H2, and N2 were fed to the reactor immediately hereafter. 

Fig. 2. Example of concentration profiles of dissolved O2 in the liquid reservoir 
during aeration experiments with Hel-X biocarriers at different superficial gas 
velocities (7.6 and 45.8 m ⋅ h− 1) at a constant superficial liquid of 5.1 m ⋅ h− 1. 

Table 1 
Inlet gas rates during continuous operation of the biological methanation reactor. Volumetric flow rates of the individual gases are given at standard conditions 
(273.15◦K, 1 atm) and based on the packed reactor volume (8.3 L).  

Period Day Total gas rate H2 rate Biogas rate N2 rate H2 / CO2 Inlet ratio   
[L ⋅ L− 1 ⋅ d− 1] [L ⋅ L− 1 ⋅ d− 1] [L ⋅ L− 1 ⋅ d− 1] [L ⋅ L− 1 ⋅ d− 1] [− ] 

Period I 19 – 24 14.0 ± 0.1 7.3 5.7 ± 0.1 1.0 2.7 ± 0.1  
24 – 25 15.2 ± 0.2 8.5 5.7 ± 0.2 1.0 3.3 ± 0.2 

Period II 25 – 33 30.8 ± 0.3 18.1 10.6 ± 0.3 2.1 3.8 ± 0.3  
33 – 44 31.7 ± 0.5 19.1 10.5 ± 0.5 2.1 4.2 ± 0.4 

Period III 44 – 65 48.0 ± 0.4 28.7 16.2 ± 0.4 3.1 4.0 ± 0.2  
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2.2.3. Nutrient supply 
Filtered digestate of the same origin as the inoculum (section 2.2.2) 

was used as a nutrient medium and irrigated all weekdays. The carriers 
were irrigated for one minute at a liquid flow rate of 0.12 L ⋅ min− 1 and 
one minute at a liquid flow rate of 0.46 L ⋅ min− 1 using similar equip-
ment as in the abiotic mass transfer experiments (section 2.1.2). The 
digestate-based medium was recycled from the liquid reservoir, placed 
below the reactor at ambient temperature (18 ◦C). The medium was not 
renewed during the experimental period, meaning no external organic 
carbon was added to the reactor during operation. 

2.2.4. Experimental operation 
The period with biological biogas upgrading lasted 65 days in total. 

The first 18 days constituted a start-up period, where the experimental 
setup and operation were adjusted to the above description. The period 
from day 19 and onwards was characterized by continuous operation 
and divided into three sub-periods of increasing inlet gas flow rates 
(Table 1). The inlet flow of H2 was also adjusted within sub-period I and 
II to improve the ratio between H2 and CO2 in the inlet gas compared to 
the stoichiometric requirements. The reactor was generally steered to-
wards complete H2 rather than complete CO2 conversion. CO2 depletion 
can have detrimental effects on the pH and thereby microbial activity. 
All presented volumetric gas rates are based on the packed reactor 
volume of 8.3 L. Gas volumes are given at standard conditions 
(273.15◦K, 1 atm) throughout the paper. 

An apparent KLa (KLaapp) was estimated for H2. The “apparent” no-
tation denotes that the mass transfer coefficient is determined under the 
influence of biological activity and hence differs from KLa, which con-
stitutes a physical quantity only. The reactor performance at day 65 was 
impaired by an accumulation of metabolic water in the packed bed 
(described in section 3.2.2.). KLaapp was therefore estimated at day 49, 
where there was still no sign of process impairment due to water accu-
mulation, and at day 65, representing the last day of operation. The 
estimation of KLaapp is based on the experimental H2 conversion rate and 
the log-mean driving force calculated from the H2 concentrations in inlet 
and product gases (eq. (8)) [31]. 

KLaapp =
rH2

(
C*

l − Cl
)

(
C*

l − Cl
)
=

(
C*

l, inlet − Cl

)
−
(

C*
l, product − Cl

)

ln
(

C*
l, inlet − Cl

)
− ln

(
C*

l, product − Cl

)

(8)  

Where KLaapp [min− 1] is the apparent volumetric mass transfer coef-
ficient, rH2 is the volumetric H2 conversion rate [mol ⋅ L− 1 ⋅ min− 1], C*l, 

inlet is the aqueous concentration of dissolved H2 in equilibrium with 
the H2 gas phase concentration in the inlet gas [mol ⋅ L− 1], and C*l, 

product is the aqueous concentration of dissolved H2 in equilibrium with 
the H2 gas phase concentration in the product gas. Cl is the actual 
aqueous concentration of dissolved H2 and here set to zero, as a 
consequence of the assumption that H2 conversion is limited by the 
gas-liquid mass transfer rate entailing immediate conversion by the 
methanogens as it dissolves. C*l,inlet and C*l,product were calculated from 
Henry’s law by assuming equilibrium between gas and liquid phases 
throughout the reactor. The Henry’s law constant for H2 in water was 

calculated at reactor temperature using data from Perry’s Chemical 
Engineer’s Handbook [32]. At day 49, the inlet gas and product gas 
concentrations of H2 amounted to 59 % and 0.4 %, respectively, at a 
volumetric H2 conversion rate of 28.6 L ⋅ L− 1 ⋅ d− 1 equivalent to 
8.75 ⋅ 10− 4 mol ⋅ L− 1 ⋅ min− 1. The corresponding metrics at day 65 were 
63.5 % and 8.8 % H2 in the inlet and product gases, respectively, at a 
volumetric H2 conversion rate of 27.0 L ⋅ L− 1 ⋅ d− 1. 

2.2.5. Effect of carrier irrigation on process performance 
The influence of carrier irrigation on the biomethanation process 

performance was examined on day 49. The preceding irrigation event 
had been carried out 48 h prior to this experiment. The product gas 
compositions were measured immediately before irrigation (t = 0), and 
5, 35, 95, 145, and 210 min after carrier irrigation was ended. The outlet 
gas flow was measured before irrigation but not at the time points after 
irrigation. At the time points after irrigation, the outlet gas flow rates 
were estimated from the compositional measurements by relating these 
to the corresponding degree of substrate conversion. The degree of 
substrate conversion corresponding with a given product gas composi-
tion was estimated by solving a mass balance equation system (eq. 9). 
Excel’s built-in Goal Seek function was used to numerically solve the 
degree of substrate conversion (υ) that makes the calculated product gas 
concentration of H2 equal to the measured concentration. 

FH2, υ = FH2,inlet⋅ (1 − υ)
FCO2, υ = FCO2,inlet −

(
FH2,inlet − FH2, υ

)
⋅ YCO2/H2

FCH4, υ = FCH4,inlet +
(
FCO2,inlet − FCO2, υ

)
⋅ YCH4/CO2

(9) 

Fi, υ is the outlet flow rate of gas component i at a given degree of H2 
conversion υ (in percentage); Fi,inlet is the inlet flow rate of gas component 
i (known from t = 0), and YCO2/H2 and YCH4/CO2 are measured values for 
the reaction stoichiometry prior to irrigation (t = 0). On day 49, YCO2/H2 
and YCH4/CO2 amounted to 0.20 and 1.04, respectively. Product gas 
concentrations were calculated from the estimated outlet flow rates. The 
calculated product gas concentrations of CH4 and CO2 deviated by 0–2 % 
percentage points compared to the measured concentrations. 

2.2.6. Analytical methods 
The composition of the inlet and product gases was analyzed on a gas 

chromatograph with a thermal conductivity detector (Agilent Technol-
ogies 7890A, USA). Gas components were separated on a CTR1 double 
column (Alltech, USA) using argon as carrier gas. As carrier irrigation 
was expected to influence the gas retention time and thereby reactor 
performance, the outlet gas stream was sampled a minimum of 3 h after 
carrier irrigation. The content of TS, VS, VFA and NH4

+ was determined in 
the trickling liquid once a week, while pH was determined all weekdays 
before and after trickling. TS and VS were determined according to the 
standard method (Rice et al., 2017), and NH4

+ was determined using a 
photometric ammonium test kit (Merck KGaA, Germany). VFA concen-
trations were determined using a gas chromatograph equipped with a 
flame ionization detector (System 7890A, Agilent Technologies, USA). 
VFAs were separated on a HP-INNOWAX column (Agilent Technologies, 
USA) with helium as carrier gas. Finally, the biofilm biomass was 
quantified by the end of the experimental period by determining the 
content of VS on carriers (w%) from the top and bottom of the reactor. 

Table 2 
Physical characteristics of the six carrier materials.  

Carrier material Type Fraction Volume-specific surface area Liquid hold-up 1 min Liquid hold-up 10 min Liquid hold-up 30 min External Porosity   
[mm] [m2 ⋅ m− 3] [vol. %] [vol. %] [vol. %] [vol. %] 

HiFlow PP rings Plastic 15 × 15 313 1.3 1.1 1.0 90 
Hel-X biocarrier Plastic 12 × 12 704 3.4 3.0 3.0 74 
Munters filter Cellulose Ø100 390 2.0 2.0 2.0 96 
Filtralite Clay 3.15 – 8 957 16.4 15.0 14.0 39 
Crushed clay Clay 3.15 – 8 1020 21.7 19.0 18.0 43 
Spherical clay Clay 10 – 16 550 7.2 7.0 6.9 39  
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3. Results 

3.1. Selection of carrier material 

3.1.1. Physical carrier characterization 
The potential interfacial area available for H2 mass transfer in bio-

logical trickle-bed reactors consists of the carrier surface accessible to 
both substrate gas and irrigation liquid, which are needed for meth-
anogenic activity. The crushed clay particles were estimated to have the 
highest specific surface area of all tested materials (1020 m2 ⋅ m− 3), 
while the HiFlow PP rings had the lowest specific surface area (Table 2). 
The liquid hold-up (vol.%) describes the water binding capacity of the 
carrier materials and is inversely proportional to the volume of gas in 
trickle-bed reactors. The clay-based carriers (crushed clay particles, 
spherical clay particles, and Filtralite) had considerably higher liquid 
hold-ups than the three non-clay-based carriers (HiFlow, Hel-X, and 
Munters) (Table 2). Liquid hold-ups thus ranged from 7 to 19 % for the 
clay-based carriers 10 min after these had been irrigated, while the 
corresponding hold-up volume did not exceed 3 % in the cellulose- and 
plastic-based carriers. The liquid hold-up of the clay-based carriers 
remained at 6.9–18 % 30 min post carrier irrigation. The differences in 
liquid-binding capacities between clay-based and non-clay-based car-
riers were also reflected in the external porosities, which were consid-
erably higher for HiFlow, Hel-X, and Munters compared to the clay- 
based carriers (Table 2). 

3.1.2. Abiotic gas-liquid mass transfer capacity 
The KLa values ranged between 2.3 h− 1 for the Munters filter at 

liquid and gas velocities of 5.1 m ⋅ h− 1 and 2.3 m ⋅ h− 1, respectively, and 
44.2 h− 1 for the spherical clay-based carrier at the highest liquid (8.0 
m ⋅ h− 1) and gas velocities (76.4 m ⋅ h− 1). KLa values are presented 
relative to KLamax in the following. KLamax equals the theoretical upper 
limit at a given liquid flow rate in the present experimental setup (see 
section 2.1.2.). The KLa values were generally higher in aeration ex-
periments with the clay-based materials (Filtralite, crushed clay, and 
spherical clay) than in experiments with cellulose- and plastic-based 
materials (Hel-X, HiFlow, and Munters) (Fig. 3). In experiments with 
constant irrigation rate, the KLa values increased with increasing su-
perficial gas velocity and approached KLamax for all carrier types except 
the Munters filter (Fig. 3A). The convergence towards KLamax implies 
that the irrigation liquid became saturated with O2 before re-entering 
the liquid reservoir at the highest gas flow rates. The tendency was 
overall similar when comparing KLa values at constant superficial gas 
velocity and variable liquid velocity (i.e., irrigation rate) (Fig. 3B): The 
clay-based materials generally enabled higher KLa values compared to 
the Munters, Hiflow, and Hel-X carriers. KLa values higher than KLamax 
were obtained at the lowest superficial gas velocity (Fig. 3B). This 
anomaly is likely due to KLamax being calculated by assuming that the 
liquid reservoir was homogeneously mixed. However, the liquid reser-
voir was mixed only by the liquid recirculation, potentially resulting in a 
non-homogenous concentration of dissolved O2 in the liquid reservoir at 
the lowest liquid flow rate. 

3.2. Biogas upgrading in the trickle-bed reactor 

3.2.1. Start-up period (day 1–18) 
The initial period of biogas upgrading was used to gain operational 

experience and make process adjustments. The start-up period included 
shutdown of the reactor between day 12 and 15 and again between day 
15 and 17. The reactor was flushed with N2 before shutdown to prevent 
negative pressures due to batch conversion of H2 and CO2 to CH4. The 
reactor was cooled to room temperature to minimize heterotrophic 
degradation of the methanogenic biomass [33]. Resuming the supply of 
feed gases led to an accumulation of acetate in the irrigation liquid. The 
acetate concentration in the irrigation liquid increased from 1485 ± 51 
mg ⋅ L− 1 (day 12) to 6921 ± 407 mg ⋅ L− 1 (day 17), while the CH4 yield 

from converted H2 decreased from 92 % (day 12) to 52 % (day 17). The 
produced acetate was recirculated over the packed bed as part of carrier 
irrigation throughout the subsequent periods of continuous operation, 
causing a gradual reduction in acetate concentration in the irrigation 
liquid throughout the study (Fig. A1). The pH of the irrigation liquid 
remained stable at 7.7 ± 0.1 between days 12 and 17, despite the sig-
nificant accumulation of volatile fatty acids (Fig. A1). 

3.2.2. Continuous operation with load increase 
The period of continuous operation is divided into three sub-periods 

based on the loading of the substrate gases. 

3.2.2.1. Period I. Period I started on day 19 with a H2 feed rate of 7.3 
L ⋅ L− 1 ⋅ d− 1 (Fig. 4). Process performance was evaluated at day 22, 
showing a CH4 production rate of 2.0 L ⋅ L− 1 ⋅ d− 1 with 99.8 % H2 
conversion and a CH4 concentration of 90 % in the product gas (Fig. 4). 
During days 22–25, the CH4 yield from converted H2 was 108 ± 2 % 
compared to the stoichiometry of hydrogenotrophic methanogenesis 
(eq. 1), evidencing that CH4 was produced from organic substrates in 
addition to the supplied H2 and CO2. Methanogenic conversion of ac-
etate accumulated in the liquid bound to the carrier material is the 
most likely source of the additional CH4. The over-production of CH4 
compared to the reaction stoichiometry of hydrogenotrophic meth-
anogenesis corresponds to 0.18 L ⋅ L− 1 ⋅ d− 1. Assuming the crushed clay 
carrier material has a liquid hold-up volume of 20 % (Table 2) and 
contains 6900 mg ⋅ L− 1 acetate similar to the irrigation liquid (section 
3.2.1), the reactor contained a potential CH4 reservoir of 1.03 L ⋅ L− 1, 
which could theoretically sustain the observed over-production of CH4 
for around five days. The reactor’s ability to convert acetate is evi-
denced by the decrease in acetate concentration in the irrigation liquid 
throughout the experimental period (Fig. A1). The H2 feed rate was 

Fig. 3. Relative mass transfer coefficients at (A) constant superficial liquid 
velocity of 5.1 m ⋅ h− 1 and (B) constant superficial gas velocity of 7.6 m ⋅ h− 1. 
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increased to 8.5 L ⋅ L− 1 ⋅ d− 1 at day 24, resulting in increased CO2 
conversion and CH4 production rate (2.3 L ⋅ L− 1 ⋅ d− 1). Accordingly, the 
CH4 concentration in the product gas increased to 95 %, as the H2 
conversion remained almost complete (99.8 %) (Fig. 4). 

3.2.2.2. Period II. The feed rate of substrate gases was more than 
doubled from 15.2 to 30.8 L ⋅ L− 1 ⋅ d− 1 at day 25 (Table 1) to examine the 
reactor’s response towards a sudden increase in substrate load. Reactor 
performance was evaluated four hours after the increase in the gas feed 
rate. The H2 conversion efficiency dropped to 98.7 %, but the overall 
higher H2 conversion rate made the CH4 production rate increase to 4.1 
L ⋅ L− 1 ⋅  d− 1, corresponding with a CH4 yield from converted H2 of 92 % 
(Fig. 4). The H2 concentration in the product gas amounted to 1.8 %. Day 
25–33 was characterized by stable process performance with 4.5 ± 0.2 L 
CH4 ⋅ L− 1 ⋅ d− 1, corresponding with an average CH4 yield from converted 
H2 of 100 ± 4 %. 100 % H2 conversion was achieved by day 32. The H2 
feed rate was subsequently adjusted on day 33 to increase the conversion 
of CO2 and thereby increase the product gas’ CH4 concentration. The CH4 
production rate increased to 4.8 L ⋅ L− 1 ⋅ d− 1 by day 36, while the CH4 
concentration in the product gas reached 99.0 % at 99 % CH4 yield based 
on converted H2. CH4 production rates and CO2 conversion efficiencies 

decreased in the remaining days of period II (39–44) due to a decrease in 
CH4 yield from converted H2 to 89 ± 2 %. The H2 mass transfer efficiency 
remained at the same level, resulting in H2 conversion efficiencies and H2 
product gas concentrations above 99.6 % and below 0.6 %, respectively. 

3.2.2.3. Period III. Based on the near-complete conversion of H2 in 
period II, the feed gas load was increased on day 44. The total gas feed 
rate was increased by ~50 % to 48.0 L ⋅ L− 1 ⋅ d− 1. As was the case for the 
reactor’s response to the increase in gas feed rate between period I and 
period II, the reactor again responded fast, showing 98.9 % H2 conver-
sion and a CH4 production rate of 5.7 L ⋅ L− 1 ⋅ d− 1 within five hours after 
the step-change (Fig. 4). However, the CH4 yield from added H2 was 
reduced to 81 % (day 44), indicating that the gas feed increase caused a 
shift in microbial pathways to products other than CH4. The CH4 yield 
had recovered to 87 ± 2 % at day 46–49, which, together with a pro-
gressive increase in H2 conversion to 99.8 % caused the CH4 production 
rate to increase further to 6.1 L ⋅ L− 1 ⋅ d− 1 by day 49. The KLaapp for H2 
was estimated to 10.0 min− 1 at day 49. 

The last two measurement points at days 53 and 65 showed clear 
reductions in process performance. On day 53, the CH4 yield from 
converted H2 had decreased to 71 %, causing a severe reduction in the 

Fig. 4. Process performance during continuous operation. (A) Volumetric H2 feed rate. (B) Volumetric CH4 production rate. (C) H2 and CO2 conversion efficiencies 
and CH4 concentration in the product gas. The CH4 concentration shown has been corrected for inert N2 in the product gas (details in section 2.2.1). Volumetric rates 
are reported at standard conditions (1 atm, 273.15◦K) and based on the packed bed volume (8.3 L). 
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CH4 production rate (Fig. 4B) and the product gas CH4 concentration 
(Fig. 4C). On day 65, the CH4 production rate was restored to 6.3 
L ⋅ L− 1 ⋅ d− 1 due to an increase in CH4 yield. However, the H2 conversion 
was reduced to 94 %, resulting in a lowered product gas CH4 concen-
tration (82 %) compared to the period preceding day 53. Even though 
the CH4 production rate remained at a similar level compared to day 49, 
the KLaapp for H2 had decreased to 4.0 min− 1 by day 65. 

The CH4 production rates and KLaapp for H2 are likely conservatively 
estimated by the end of the experiment. Both metrics were calculated 
based on the packed bed volume of the reactor (8.3 L). However, we did 
not remove the produced metabolic water, which gradually accumu-
lated in the reactor. Water accumulation was observed indirectly by a 
progressive increase in the pressure readings from the lowest-mounted 
sensor. Gauge pressures of 7 mbar and 17 mbar were thus recorded at 
the lowest-mounted pressure sensor at day 53 and 65, respectively, but 
immediately returned to atmospheric pressure when water was tapped 
off by day 65. Based on the gauge pressures resulting from the gradual 
increase in hydrostatic pressure with metabolic water accumulation, the 
flooded (2.5 L) and non-flooded (5.8 L) reactor volumes were estimated 
by day 65 (Calculation A2). Assuming that H2 conversion in the flooded 
part of the reactor was negligible due to non-favorable conditions for H2 
gas-liquid mass transfer, the volumetric CH4 production rate and the 
KLaapp for H2 would increase from 6.3 to 9.1 L ⋅ L− 1 ⋅ d− 1 and 4.0 min− 1 

to 5.8 min− 1, respectively, at day 65. 

3.2.3. Response to carrier irrigation 
The primary purpose of carrier irrigation is to supply the methano-

genic biofilm with growth-essential nutrients that are not transferred 
with the gaseous substrate. Carrier irrigation is therefore critical for 
sustaining methanogenic activity. The high liquid hold-up volume of the 
crushed clay carriers was found to induce a temporary negative effect on 
process performance immediately after irrigation. The H2 product gas 
concentration thus increased from 0.4 % prior to irrigation to 23.3 % 
five minutes after the irrigation was ended, corresponding with a 
decrease in H2 conversion efficiency from 99.8 % to 79.8 % (Fig. 5). The 
decrease in H2 conversion was accompanied by a significant reduction in 
the product gas CH4 concentration from 94 % to 67 % (Fig. 5). The 
reactor performance gradually recovered over time but was not 
completely restored to post-irrigation levels even after 210 min, where 
the CH4 and H2 product gas concentration amounted to 89.5 % and 5.6 
%, respectively, equivalent to a H2 conversion efficiency of 96 % (Fig. 5). 
The irrigation-induced decrease in H2 conversion and subsequent re-
covery of the methanation performance followed the pressure drop 

profile over the packed bed. The pressure drop over the packed bed was 
negligible during steady-state operation but increased to 10–15 mbar in 
response to carrier irrigation due to the increased liquid volume in the 
reactor. The pressure drop decreased gradually as the irrigation liquid 
drained from the reactor but remained at 1–3 mbar 210 min after irri-
gation ended (data not shown). 

4. Discussion 

4.1. Selection of carrier material 

The crushed clay carrier type was selected for the biomethanation 
experiment based on the abiotic characterizations. The crushed clay 
exhibited the highest volumetric interfacial area among all materials, 
while the clay-based carriers generally facilitated the highest KLa values 
in the abiotic O2 gas-liquid mass transfer experiments. 

At similar gas and liquid flow rates, variations in the KLa among 
different carrier types arise from differences in wetted carrier surface 
area or how the materials induce liquid turbulence, which affects the 
gas’ diffusion rate in the liquid film. Despite a significantly lower 
surface-specific interfacial area (550 m2 ⋅ m− 3), the spherical clay-based 
carrier material facilitated as high mass transfer rates as the crushed 
clay-based carrier (1020 m2 ⋅ m− 3) and the Filtralite material (957 
m2 ⋅ m− 3) at a constant liquid velocity of 5.1 m ⋅ h− 1 (Fig. 3A). The 
plastic-based Hel-X biocarrier (859 m2 ⋅ m− 3) conversely facilitated 
significantly lower KLa values for O2 at the same conditions despite its 
comparably high volumetric surface area. These results indicate the 
material type (clay or plastic) to be more important for the gas-liquid 
mass transfer rate than the carriers’ specific surface area. The wetted 
surface area is of particular importance in biomethanation because 
methanogens can only be active on irrigated surface areas due to their 
growth dependency on dissolved micronutrients. Since the abiotic tests 
do not allow a distinction between the effect of the wetted surface area 
and liquid turbulence on the KLa, the total surface-specific interfacial 
area was used as supporting data to select the crushed clay material over 
the other clay-type carriers despite their similar performance in the 
abiotic mass transfer experiments. 

Dupnock and Deshusses used a similar abiotic experimental setup to 
determine the KLa for H2 in a bench-scale trickle-bed reactor packed 
with polyurethane foam (600 m2 ⋅ m− 3) [34]. The KLa was here ~14 h− 1 

at superficial liquid and gas velocities of 5.7 m ⋅ h− 1 and 7.6 m ⋅ h− 1, 
respectively. At similar conditions (5.1 m ⋅ h− 1 and 7.6 m ⋅ h− 1, respec-
tively), the average KLa for the clay-based carrier materials amounted to 
22.9 ± 0.8 h− 1 for O2 in this study. The corresponding KLa for H2 is 
estimated to be 35 h− 1 from the following equation:  

KLaH2 = KLaO2 ⋅ (DH2 / DO2)1/2                                                        (10) 

Where DH2 (5.85 ⋅ 10− 5 cm2 ⋅ s− 1) and DO2 (2.5 ⋅ 10− 5 cm2 ⋅ s− 1) are 
diffusion coefficients for H2 and O2 in water at 25 ◦C, respectively [32]. 
It is here assumed that the gas-liquid interfacial area is constant 
regardless of the gas type (O2 or H2) and that the mass transfer coeffi-
cient (KL) scales with the square root of the diffusion coefficient, as 
predicted by most mass transfer models [35]. The KLa of the expanded 
clay-based material indicates that these carriers can facilitate 1.5 times 
higher H2 gas-liquid mass transfer rates than polyurethane foam at the 
given experimental conditions. To the best of our knowledge, the study 
by Dupnock and Deshusses [34] constitutes the only previous abiotic 
characterization of carrier materials at operational conditions used in 
biomethanation trickle-bed reactors. 

The transferability of the KLa values determined in the abiotic air- 
water model system to the actual biomethanation process depends on 
factors like microbial activity, the degree of carrier colonization, and the 
procedure related to carrier irrigation. The abiotic model system used in 
the present study deployed continuous irrigation. The model system can 
be used to estimate KLa in trickle-bed biomethanation reactors with 

Fig. 5. Effect of carrier irrigation on product gas. The data points at time zero 
represent the performance data before the irrigation of carriers. The CH4 con-
centration is measured values, while the H2 conversion is calculated from re-
action stoichiometry prior to irrigation (section 2.2.3). The characterization 
was made on day 49. 
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constant irrigation, as long as the KLamax-limit set by the experimental 
design is not exceeded. Carrier irrigation procedures vary widely in 
previous biomethanation trickle-bed reactor studies, as exemplified by 
Porté et al. [16], who irrigated intermittently at a rate of 2.8 L ⋅ L− 1 ⋅ d− 1 

every 30 min, and Dupnock and Deshusses [28], who used constant 
irrigation at a rate of 65 L ⋅ L− 1 ⋅ d− 1. The carriers were irrigated once 
every weekday in the biological experiment in the present study. The 
degree of irrigation will, among other things, influence the thickness of 
the liquid film overlaying the methanogenic biofilm, which constitutes 
the main barrier to H2 gas-liquid mass transfer. As H2 gas-liquid mass 
transfer constitutes the rate-limiting step in biomethanation, different 
studies have pointed towards the opportunity to achieve higher H2 mass 
transfer rates and consequently CH4 production rates by minimizing 
carrier irrigation [21,34,36]. We did attempt to use CO2 diffusion into a 
bed of carriers pre-soaked in sodium hydroxide as a model system for 
mass transfer without irrigation as part of the present study (data not 
shown). However, it was not possible to obtain a steady concentration of 
effluent CO2 due to a dependency of the hydroxide-concentration on 
absorption kinetics, which hampered the distinction of the reaction rate 
and transfer rate of CO2, as previously proposed [37]. Developing 
methods that allow for more precise estimates of the KLa in reactors with 
non-constant irrigation would facilitate improved process design. Still, 
the model system used here provides a basis for comparative screening 
of different carrier materials’ gas-liquid mass transfer capacity, even in 
systems with non-constant irrigation. 

4.2. Biogas upgrading in the trickle-bed reactor 

4.2.1. Continuous operation with load increase 
Selecting a carrier material with a high gas-liquid mass transfer ca-

pacity is crucial to design high-performing biomethanation trickle-bed 
reactors. However, the carrier material must also be compatible with 
methanogenic colonization and function in the operational setting of 
biomethanation. The crushed clay particles were identified as the best 
candidate material for biomethanation based on the abiotic character-
izations. The crushed clay particles were therefore used in a biological 
setup employing raw biogas from an industrial anaerobic digester to 
examine their application for biogas upgrading through CO2 methana-
tion. The primary assessment criteria for the reactor performance are 
product gas quality and H2 gas-liquid mass transfer along with the 
associated CH4 production rates. 

4.2.1.1. Product gas quality. The product gas must comply with natural 
gas standards to enable gas grid injection. Gas grid standards are 
currently national-specific but generally imply high CH4 concentrations 
and H2 concentrations below 2 % to reach the desired Wobbe index. The 
product gas contained 90–99 % CH4 and 0–1.8 % H2 throughout the first 
30 days (day 19–49) of continuous operation. As we relied on a manual 
sampling of inlet and product gas compositions, the inlet gas ratio of H2: 
CO2 was reduced compared to the stoichiometric requirements in order 
to avoid CO2 depletion, which is known to cause inhibitory pH levels due 
to the removal of the bicarbonate buffer system [8,9,38]. This choice 
limited the CH4 purity due to the presence of unconverted CO2 in the 
product gas. Since almost complete H2 conversion was achieved 
throughout the experimental period and as H2 gas-liquid mass transfer is 
considered to be rate-limiting during biological methanation [31], it is 
expected that the CH4 concentration can be increased further by 
implementing an automatic feedback loop to adjust the inlet gas 
composition based on the product gas composition. This expectation is 
supported by the fact that the two adjustments of the H2 feed gas rate in 
period I and period II (Fig. 4a) resulted in increased CH4 concentrations 
in the product gas (Fig. 4B). The product gas quality was reduced at days 
53 and 65, but this could be attributed to the impairment of H2 
gas-liquid mass transfer due to an accumulation of metabolic water in 
the packed bed, which obviously needs prevention in future studies. 

4.2.1.2. H2 mass transfer capacity / Volumetric CH4 production rate. The 
nearly complete H2 conversion throughout day 19–49 of this study 
shows a surplus biological H2 conversion capacity, which is readily 
activated upon significant increases in gas inlet rates. H2 conversion was 
hence indicated to be limited by H2 gas-liquid mass transfer and not by 
the reactor’s biological conversion potential. Although the volumetric 
CH4 production rate was higher at day 65 compared to day 49, the 
corresponding values of KLaapp demonstrate better conditions for H2 gas- 
liquid mass transfer at day 49 (Table 3). The reduction in KLaapp at day 
65 (and 53) was caused by the progressive flooding of the most active 
part of the packed bed with metabolic water, hence inactivation of 
otherwise active interfacial area for H2 mass transfer. Measurements of 
the carrier-specific biomass content by day 65 showed highest biomass 
density in the bottom of the reactor. The volatile solid concentration as a 
percentage of dry matter amounted to 2.6 ± 0.4 % and 1.3 ± 0.1 % for 
carriers sampled at the flooded bottom (gas inlet) and non-flooded top 
(outlet) of the reactor, respectively. The results cohere with previous 
observations showing the highest abundancy of live cells nearest to the 
feed gas inlet where substrate concentrations are highest [28]. 

The comparative basis for biomethanation studies has traditionally 
been the volumetric CH4 production rate. A higher volumetric CH4 
production rate immediately entails a smaller reactor volume with po-
tential savings on capital and operational investment costs. However, 
KLaapp is a better comparative parameter for describing the CH4-limiting 
H2 conversion rate among biomethanation studies because the KLaappis 
independent of the mass transfer driving force, governed by the H2 
concentration in both inlet and product gases [31]. Using the KLaapp 
enables comparison of reactor performances regardless of inlet and 
product gas H2 concentrations. This can be illustrated using data from a 
recent study comparing biomethanation rates with different inlet gas 
compositions in a trickle-bed reactor [20]. At similar specifications to 
the product gas composition, the volumetric CH4 production rate 
decreased by 23 % upon changing the inlet gas composition from 80/20 
% H2/CO2 to 60/25/15 % H2/CH4/CO2 [20]. The 23 % decrease in CH4 
production rate is consistent with a decrease in the mean logarithmic 
driving force by 19 % (estimated from figure readings of rates) due to the 
decrease in H2 inlet gas concentration. 

Table 3 summarizes the process performances from several studies of 
trickling bed biomethanation reactors based on their estimated KLaapp 
values. The KLaapp of 10.0 min− 1 (day 49) in the reactor investigated 
here is the best achieved for mesophilic trickle-bed reactors but excee-
ded by the thermophilic studies of Strübing et al. [14] and Jee et al. [23]. 
Excluding the last period, where the packed bed was partly flooded, the 
results showed no indications of reaching the maximum H2 conversion 
capacity in this study, suggesting that even higher mass transfer rates are 
achievable. Assessment of the volumetric CH4 production rate potential 
for the present and other trickle-bed reactor systems requires further 
exploration of their upper limit regarding H2 gas-liquid mass transfer. 
The mass transfer of H2 must here be supported by simultaneous 
assessment of the biological stability, as exemplified by the pure-culture 
study of Jee et al. [23] who reported data that support a considerably 
higher KLaapp compared to more recent studies (Table 3) but observed a 
13 % decrease in the CH4 production rate within seven days of opera-
tion. Jee et al. [23] similarly used clay-based carriers but a smaller size 
fraction (2–3 mm) than in the present study (3.15–8 mm). The authors 
hypothesized that the decreased CH4 production rate resulted from 
substrate flow channeling due to the progressive proliferation of the 
methanogenic biofilm [23]. At a ~20-fold lower CH4 production rate 
than Jee et al. [23], the mixed-culture methanogenic biofilm maintained 
its activity throughout the 30 days of continuous operation in the pre-
sent study. Whether the here-used clay-based carrier can support 
longer-term biofilm stability needs to be assessed in further trials. These 
trials are preferably conducted at the highest possible CH4 production 
rate potential to push methanogenic proliferation for identification of 
the potential substrate gas channeling effects that may arise from bio-
film growth. 
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4.2.2. Response to carrier wetting 
Carrier irrigation deteriorated the process performance temporarily, 

yet dramatically, in terms of H2 conversion and CH4 production (Fig. 5). 
The gradual recovery of H2 conversion over more than three hours in-
dicates that the leading cause of the reduced CH4 production was a 
decrease in the H2 gas-liquid mass transfer rate. The immediate and 
substantial decrease in H2 conversion upon carrier irrigation is likely 
due to the large liquid hold-up capacity of the selected carrier material 
(Table 2). The saturation of the packed bed with irrigation liquid dis-
places gas from the reactor and thereby reduces the gas retention time 
temporarily until the liquid has drained off the reactor. The adverse 
effect of irrigation has also been demonstrated for carrier materials with 
low liquid hold-up capacities. Ullrich and Lemmer [39] used another 
variant of the Hel-X biocarrier characterized in the present study 
(Table 2) and reported reduced product gas quality up to two hours after 
irrigation. Burkhardt and coworkers [36] hypothesized that their 
improvement in process performance following a reduction in irrigation 
rate (which in their study was applied continuously) was due to 
improved H2 mass transfer. Dupnock and Deshusses [20] found H2 
conversion increased by 25 % almost immediately after they stopped 
irrigation. There is insufficient data to conclude if the here shown 
decrease in H2 conversion after more than 210 min following irrigation 
is purely physically induced through an increase in the diffusive water 
layer overlying the biofilm, and a reduction in gas retention time, or also 
relates to wash-off of detached or loosely attached methanogenic cells. 
Whether the temporary decrease in H2 conversion due to irrigation can 
be tolerated in a commercial setting without compromising the product 
gas quality will ultimately depend on the needed frequency for carrier 
irrigation. The product gas may thus deviate from the natural gas 
specifications without compromising the overall gas quality in a storage 
tank if these deviations are rare enough. Still, it seems universally 
important to optimize nutrient supply in methanogenic trickle-bed re-
actors, especially when using carriers with high liquid binding capacity 
as deployed here. A natural first step is to identify how often the 
methanogens require nutrient addition to maintain H2 mass transfer as 
the rate-limiting mechanism for CH4 formation and thereby sustain 
operation at the highest possible CH4 production rate. 

5. Conclusions 
As the foundation for the methanogenic biofilm and the interfacial 

area for H2 gas-liquid mass transfer, carrier materials are paramount for 
the performance of trickle-bed biomethanation reactors. This study 

proposed to identify the best candidate carrier material for trickle-bed 
biomethanation reactors based on abiotic characterizations of mass 
transfer-related properties. Six carrier materials were screened for their 
mediation of O2 gas-liquid mass transfer in an abiotic air-water model 
system, which supplemented the materials’ total surface area for selec-
tion of crushed clay carriers for biomethanation trials. The clay mate-
rial’s application in a biomethanation trickle-bed reactor was validated 
using raw biogas from an industrial anaerobic digester as the CO2 
source. The material facilitated a KLaapp for H2 of 10 min− 1, resulting in 
99 % H2 conversion and CH4 production rates up to 6.1 L ⋅ L− 1 ⋅ d− 1, 
underlining the system’s industrial potential for methanation-based 
biogas upgrading. The supply of micronutrients through carrier irriga-
tion was identified as a point for optimization, as it temporarily 
impaired H2 gas-liquid mass transfer due to the clay-based carrier ma-
terial’s high liquid binding capacity. 
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